(QIESEARCH ARTICLE

Simulation of a Circulating Fluidized Bed Combustor
with Shrinking Core and Emission Models

Natthapong Ngampradit,®* Pornpote Piumsomboon,® and Boonrod Sajjakulnukit®

9 Fuels Research Center, Department of Chemical Technology, Chulalongkom University, Bangkok,
Thailand, 10330.
® Department of Altfemative Energy Development and Efficiency, Bangkok, Thailand, 10330.

" Corresponding author: E-mail: Ng_natthapong@yahoo.com

Received 8 Apr 2004
Accepted 3 Sep 2004

AsstracT: A Circulating Fluidized Bed Combustor (CFBC) is a highly efficient combustor. It can handle
various types of solid fuels such as coal, biomass or agricultural wastes. Coal and biomass have been used as
fuel to generate heat for a boiler in many industries. To predict the proper amount of mixed fuel and to
reduce the emission from coal burning, a rigorous mathematical model for the CFBC is needed. This paper
describes the CFBC model developed as additional subroutines working with ASPEN PLUS version 11.1. The
model was divided into three parts: reaction, hydrodynamic, and gas emission. In the first part, the reactions
in the combustor were represented by a Continuous Stirred Tank Reactor (CSTR) module. The module was
modified by adding the shrinking core model for calculating the size and the weight fraction of particles in
each region. In the second part, the hydrodynamics in CFBC were divided into two regions: a lower region
with one interval, and an upper region with three intervals. In each region the characteristics, such as the
height of the bed, void, and volume, were calculated and sent to CSTR module for adjusting reaction rates
in the regions. In the third part, gas emission models were used to calculate the kinetic rates of NO, N,O and
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the conversion of SO, to predict the emission to the environment.

Keyworbs: Circulating Fluidized Bed Combustor, Shrinking Core Model, CFBC simulation.

INTRODUCTION

Circulating Fluidized Bed Combustors (CFBCs) are
widely used in many industries for steam production
and power generation. The advantages of the CFBC are
high combustion efficiency, high heat transfer rate, and
fuel flexibility. Various kinds of fuel can be used such
as coals, biomass and agricultural wastes. The process
is also considered to be clean technology, since it has
potentialstoreduce NO_and SO, emissions. In Thailand,
the industries that use such technology are mainly the
pulp and paper industries since there are large amounts
ofagricultural wastes, such as eucalyptus bark, bagasse
and pith, left from processes.

Sotudeh-Gharebeaghetal.' simulated the CFBC for
coal combustion using ASPEN PLUS based on an
isothermal assumption. The kinetic and hydrodynamic
subroutines were used for calculating the rates of
reactionsand predicting the mean axial voidage profile
in upper region. The results expressed in terms of
combustion efficiency and emission level. Huilin et al.?
computed a Circulating Fluidized Bed (CFB) boiler with
wide particle size distributions by considering the
hydrodynamics, heat transfer and combustion of coal.
The models predicted the flue gas temperature, the
chemical gas species, suchas O,, CO and CO,, and the

char concentration distributions in both axial and radial
locations along the furnace. Mukadi et al.> developed
a mathematical model of kinetic reactions to predict
gas emissions in an internally CFBC for treatment of
industrial solid wastes. Liu and Gibbs* presented the
modelapplied toa 12 MW CFBboiler using a typical
wood biomass-pinewood chips as a fuel to predict NO
and N, O emissions. Chen et al.” developed the model
of fluidized bed combustion and studied the emissions
of NO_and N, O for char combustion, while Winter et
al.®developed the mechanism of NOand N, O from the
single particle of petroleum coke and up toa pilot scale.
Natthapong et al.” presented a model of CFBC with
shrinking core model of mixed fuel to predict the size
change along a riser.

While most of the previous work focused on either
coal or biomass as a fuel, the work in our group has
been focused on mixed fuel. In our earlier publication,
a CFBC model developed under ASPEN PLUS for
various types of fuel, for example, coal, bark, pith or
mixed fuel was presented. The model included the
shrinking core models for estimating the size change
ofthe solid fuel along the riser. In this paper, the models
were extended by including detail reactions of
emissions. The emission models, such as the rates of
N,0Oand NO_formation and the fractional conversion
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of limestone to absorb SO, , were added. Algorithms for
computing the rates and predicting the emissions to
the environment were developed.

1. Modeling Approaches

1.1 Assumptions of the Reaction Model

1) The fuel, limestone, and primary air were fed at
the bottom of the CFBC with a uniform temperature.

2) The simulated combustor was a rectangular
column with the surface area of 36.31 m? and the
height of 21.84 m (Fig. 1). In the proposed model, the
secondary and tertiary air was fed into the combustor
at the specified height.

3) The combustion of volatile matters occurred
instantaneously at the bottom of the combustor.

4) Char combustion occurred slowly after volatile
matters were combusted.

5) Fuel particles and gas temperatures were equal
to the bed temperatures varying with respect to the
height of the riser.

6) The attrition of the char particles was neglected.

7) All steps of the reactions were calculated with an
isothermal at 850 °C.

1.2 Dimension of CFBC

The model was developed for simulating one of the
combustors in a major pulp and paper company in
Thailand. The CFBC was divided into two regions: the
lowerand upperregions. The lower region represented
the dense bed, and the upper region the dilute bed
fluidization. Each region was composed of kinetic
reactions, hydrodynamics and emission sections. In
the lower region or the dense bed, the primary air was
fed at the bottom of the combustor. The secondary and
the tertiary air was fed at the height of 1.703 m and
3.203 m, respectively.

1.3 Simulation Procedures

Forthe combustion in each region, the combustion
of coal particles can be modeled using the following
reactions':

21.84m

ry

Tertiary air 3.203m
1.5m t )
Secondary air

1.703m } [ 6026m

6.026 m Primary air
R

Fig. 1. Dimension of the combustor
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1) Devolatilization and volatilite combustion.

2) Char combustion

3)NO_formation

4) SO, absorption

The algorithms of simulations were divided in three
parts: reaction, hydrodynamic, and gas emission part.
The reaction and gas emission parts were used in the
char combustion step. The gas emission part was used
to calculate the NO_formation and SO, absorption.

Each reaction will be simulated by using reaction
modules of ASPEN, depending on the type of the
reactions. All blocks were to be simulated as shown in
Fig. 2. The details of the simulations were described as
followed.

1.3.1 Devolatilization and Volatilite
Combustion.

The yield reactor was used to simulate the
decomposition of char or biomass to the constituting
components such as carbon, oxygen, hydrogen,
nitrogen, sulfur and ash at the lower region.

The stoichiometric reactor (RSTOIC) was used to
simulate the volatile combustion processes. Three
reactions were considered in this model:

C+0.50, —CO
S+0, —S0,
H,+0.50,—H0

STEAM

warer —y PBL1-20

PBTI-19 PB11-21

RSTOIC CVCLONEHWEGAS
PBIT-T8 PB11-22
RCSTI SSPLIT
PBI1-17
RCSTR
PBI1-16
RSTOIC

FLY ASH

BOTTOM

AIR3

PB11-10

AlR2 RSTOIC

AIR1 r3 LIME
( R I S |
PB11-1 PB11-2 PB11-3 PB11-4 PB11-5
RYIELD RYIELD RYIELD RYIELD RYIELD
CHAR PITH SLUDGE F4 F5

Fig. 2. Simulation diagram for the CFBC
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In the first reaction, the volatile carbon fraction
reacts with oxygen to form CO only during the volatile
combustion process because of the oxygen depletion
in the lower region of the riser. For second reaction, 80
percent of sulfur in coal was assumed to be converted
to SO, during the volatile combustion process. In the
lastreaction, hydrogen is consumed during the volatile
combustion process.

1.3.2 Char combustion.

The Continuous Stirred Tank Reactor (CSTR) was
used to model as a well-mixed reaction with known
reaction kinetics. Two reactions considered in this
reactor are:

C+0.50, —>CO
CO+0.50, —> CO,

The first reaction was a heterogeneous reaction.
Then the shrinking core model and the hydrodynamic
subroutines were used to calculate rates of reactions,
particle size distribution, void and volume of reactor.
The flow chart for the calculation was shown in Fig. 3.
The second reaction was the homogeneous reaction of
COandO,.

The emission level of CO from CFBC was strongly
dependent on the temperature and reactive
concentration. The rate of reaction can be calculated

Gl Thoss fom Mydrochmamics
subroutine such density,

pressure, temperature, particle
size, volume

Calculate time for
complete conversion (5),

(6) and (8)
o i e Colculute mean
For 12:r‘rferglcﬂon residence time (9]
Calculate residual radius

with reaction control

Calculate mean |y
residence time (9)

Calculate residual
radius with diffusion

control equation (5), (6) equation (8)

Calculate mean

conversion (12), (13)
Cailculate rafe of
reaction
i For Keep initial

use,:fg'iﬂgal t—No—<the unconverted es» radius of
fraction particles

| |

Calculate mean radius

Send all
values to
Aspen Plus

Fig. 3. The basic flowchart for calculating reaction rates and
particle sizes for a solid fuel.
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using the following equation®:

Rigo =1.18x 107 - feo fgj : flgfo

P ey =200 g
R, T R,T W

where C is the combustion gas concentration
(kmol.m™), fis the mole fraction of each component, P
isthe bed pressure (atm), R isthe universal gas constant
(kcal.kmol.K™), R  is the universal gas constant
(atm.cm®.g mol.K"), Rt is the rate of reaction (kmol.
m>.s1), Tis the bed temperature (K), € is the void
fraction.

1.3.2.1. Shrinking Core Model®

The shrinking core model for an isothermal
spherical particle is divided into three steps:

1). Diffusion of reactant A from the main body of
gas through the gas film to the surface of the solid.

2).Reaction on the surface between reactant A and
solid.

3). Diffusion of reaction products from the surface
of the solid through the gas film back into the main
body of the gas.

In this model the ash layer was absent and did not
contribute any resistance. Then the complete
conversion time was calculated from above step.

Consider the correlation for estimating the mass
transfer coefficient of A, k, ,fora free-falling spherical
particle relative to a ﬂu1d the Ranz and Marshall
correlation (1952) relates the Sherwood number, Sh ,

whichincorporatesk, ,tothe Schmidtnumber, Sc and
the Reynolds number Re, 10 :,according to the followmg
equation:

Sh =2+0.65¢" Re" )

Thatis,

1/3 12
2Rk
=2+ m(“] [ZRUPJ 3)
D, PD, H

where D, is the diffusion coefficient of A (m* s™), kAg
is the mass transfer coefficient of A (m.s), R is the
radius of particle (m), u is the velocity (m.s™), pis the
gas viscosity (kg.m™.s?), and p is the gas density
(kgm?).

This correlation may be used to estimate k, . given
sufficient information about the other quantmes

Rearrange equation (3)

[ M ]1/3(2upJ1/2
oD, ) L u 4
k :& +0.3D % )

Ag R A sz
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or
Kl KZ
kAg :?+Rl/2 (5)

With the gas-film mass transfer controls, the
complete conversion time can be calculated using the
followingequations:

Small particles

_ PR
3bc K, ©)

where b is the stoichiometric coefficient, ¢ " is the
concentration of A (kmol.m™), f, is the size parameters,
and p, is the solid molar density (kmol.m™).

For large particles

_ pR”E
3bc K, @)

r}
fo=1-|=<
BI(R) ©)

where r_is the residual radius (m).
With chemical reaction control, the time for
complete conversion is
= ©
bk.c,,

k, =k, exp| _
R,,T

where k and E_ were specified by Table 1, E_is the
activation energy (J .kmol ™), k is the first order reaction
rate constant base on unit surface (m.s™), k,is the
frequency factor (m/s), and R, is the universal gas
constant (J.kmol . K. ’

The mean conversion for mixed flow of a size
mixture of particles of unchanging size, and uniform
gas composition is:

(10)

v (1)

where F is the volumetric flow rate of solid (m’.s™),
tis the residence time (s), and Vis the reactor volume

Table 1. Kinetic data for each type of fuels.'*

Frequency factor Activated energy

(m/s) (J/kmol)
Lignite 59600° 1.492 - 10®
Bagasse 210870 1.246 ~ 107
Bark 86560" 4.207 107
Sludge 22140° 4.476 ~ 107

*unit of frequency factor is m/(Kxs)
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().
The unconverted fraction of the reactant was given
by the following equations’:

fraction
meanvalue
. unconverted
forfraction of |= ] )
<~ inparticles

B unconverted | s )

of sizeR,

fraction of

exitorentering

stream consisting

of particles 12)
of sizeR,
or in symbols
- Rap F (R,
1=K, =Y 1=, (R®)] é ) (13)
R=0 ¢
for gas-film mass transfer control,
= &1rAdR) 1R)T ER)
1-X, =Y oo SRy e
: ;{2! ¢ o3 T E a9

where F is the mass flow rate of coal (kg .s™).
For reaction control,

@B:Rz{y(fe,)_:rm,)'z+..}FC<R.> -

o |4t 200 t F,

1.3.2.2. Algorithm of Shrinking-core model

Fig. 3 describes the procedure to calculate the
reaction rate, size distribution, and weight fractions of
particles for solid fuel of a certain size by using the
equations described in the previous section. The first
step started with acquiring the physical properties and
hydrodynamic data from ASPEN and hydrodynamic
subroutine, respectively. The data were used to calculate
the rate of the reactions, the time required for complete
combustion of the particles in each region of the riser,
and the determination of mass transfer or reaction
controlled. Then, the mean residence time would be
calculated. The time would be used to determine the
reaction conversion and the remaining size of the
particles after the reaction. Since all of the particles
would not be burnt completely, the size of the particles
to be passed on the next region would be calculated by
averaging the sizes of the unburnt and the burnt
fractions. The size of the unburnt fraction would be
assumed to be the same as the initial size when the
particles moved into the specified region.

1.3.2.3. Hydrodynamic Model

In this paper, the hydrodynamics model described
in Sotudeh-Gharebaagh' was adopted.

(1) The lower region

In thisregion, the perfect mixing between the solid
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and the gas phase was assumed. The mean void can be
considered constant and may be obtained using the
correlation of Kunni and Levenspiel(1991)*.

(2) The upper region

The upper region consists of two zones: an
acceleration zone, and a fully developed zone.

The height of the acceleration zone! can be find
from:

1 e —g,
Z,=——In——"
a | & —€qu,

where ais the decayratio, €, isthe axial voidage in
theaccelerationzone, €,,, isthe mean voidage of the
lower region, and ¢ is the axial voidage at saturated
conditions.

The mean axial voidage in the fully developed zone
is defined as,

(16)

1
8[1,3‘avg =T =
14 20 a7
U.p.
56 0.41
O=1+—+047F;
- M (18)

T

where F is the Froude number, F is the particle
Froude number, G, is the net solid circulation flux (kg
m?.s), U, is the superficial gas velocity in dilute bed
(m.s™), @ is the slip factor, and p_is the solid density
(kg.m?).

In this work, the upper region was divided into
three sections for various void fractions as illustrated
in Fig. 4.

The mean void fraction in each section of the upper
region was calculated from the following equation:

. 1 ( )
=& - gd,avg —¢€
% (e “aZy o aZn )

a-AL
1.3.3 NO, Formation.
CSTRwas used to simulate the emission of NO_and
N,O with respect to the reaction rates following
reactions rates’:

u,ni,avg

(19)

Formation of NO

N, +0O, — 2NO
_ 2
R, =K,C, (20)
K, = @ F,T exp(~19000/ T) QD

where Fis the specific surface area (m™).

Formation of N,O
N,+2NO — 2N,0
Rt, =K,C,, 22)
K, = 3F, exp(~9000/ T) (23)
Reduction of NO by char
2NO+2C — N, +2CO
Rt =K C,, 24)
K_=555.6F ,exp(-14193/T) (25)
2NO +2CO —> N, +2CO0,
Rt,=K.C,, (26)
K, =5.67x10"exp(-13952/T) Q7
Reduction of N O by char
NO+C — N, +CO
Ry =K.C, , 28)
K. =13.36F,exp(-16677/T) 29

Destruction of N,O

NO+CO — N, +CO,
Rt = KFCNz o (30

K, =2.51x10" exp(-23180/T)C_, GD

Solid fraction profile

————— Mean solid fraction used|in simulation

us

Upper region

(1-g3) u2

Riser height Z

u1
(1-&)

Lower region
(-&)

Solid fraction ¢

Fig. 4. Variation of void fraction with height in the riser’
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Thermal decomposition of N,O

2N,O

2

— 2N, +0,

Rt =K C

G G [\ZO

(32)

K_=1.75x10° exp(-23800/T) (33)
The algorithms of NO and N,O emissions.
Normally, the reactions of NO and N, O emissions

are presented in the network reactions. Most of reaction
rates occurred both in series and parallel reactions,
while the computer simulations calculated in the
sequential reaction. This simulation arranges the rates
ofreactionsin two parts. In the first part, the formation
reactions of NOand N, O were calculated. In the second
part, the reduction reactions of NO and N,O were
calculated by considering the rate of reaction, by which
the faster reaction was calculated before the slower
one.

1.3.4 SO, Absorption.

RSTOICisused to model the capture of sulfurin the
CFBC. The SO, captured by limestone can be
represented by the following reactions:

CaCo, —> Ca0+CO,

Ca0 + S0, +0.50, —> CaSO0,

The fractional conversion of CaO to CaSO, is
strongly affected by the physical and chemical properties
oflimestone, hydrodynamics parameters, mass transfer
resistance, temperature, reactive concentration,
particle size distribution and operating condition. The
fractional conversion can be calculated from the
following expression!

G —lln(l + & (ea'i‘ —1)J

VCaO 4 RSKV
1-¢, R, 1 (34)
3aCYq, K,
where a, =3.33x107* exp(YR ) (35)
o =35D)’ (36)

where D, is the average sorbent surface particle
diameter (cm), K, is the volumetric rate constant (kmol
m~.s?), R is the mean sorbent particle radius (cm),
V_ oisthemolar volume of CaO (m”. kmol™), X, ca0s18 the
fractional conversion of CaO in the ith interval, Y, ,is
the mole fraction of SO, in the ith interval, o is the
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external mass transfer coefficientcm. s'), and ¢, isthe
porosity of particle after calcinations.

Usingequation (34), the moles of SO, removed per
unit volume become

I — VCaOFl
SOy T
1-¢AALXx100

[ llr{l +&(ea"‘ —1)]

2 sty

R, _ 1 (37
3aCY,, K,

The mean residence time of sorbent particles can
be calculated by the following equation.

[ AL,
=p,o ——
1 pl sp Fl (38)
AAL
and L= plGSp &Fl (i il) 39)

where A is the cross section area of combustor (m?),
Fis the mass flow rate of limestone in the feed (kgs™),
t is the mean residence time of sorbent particles in ith
interval of the bed (s), and p,is the density of limestone
particles (kg.m”), 6_ is the volume fraction occupied
by sorbent particles, L, is the height of dense bed (m),
and

(40)

€= (1 - 24: XCao,ilj

Since SO, is well mixed in each interval of the bed,

an overall SO, balance gives

LI(RSOZ,I - rSOZ,l)

Y. =
50,1 v, 41
v _ AL(RSOZJ - rSOZ,i)
S0,.i v, 42)
EW,
where Rso,1 = AL 43)
1
1-X W,
and Ry, = (RN AL 3S§;ZL)F — (i#1) 44

where Ry, , is the rate SO, generation per unit
volume of dense bed (kmol.m”.s™), and W is the sulfur
weight fraction in dry-based coal.

The fractional sulfur capture for each reactor (X, ,)
can be calculated from
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< YSOZJCUlA
e 45)
©32
Y., CUA
Xso,,y =1- —

(46)

l:c \3}\;5 (1 - Xsoz_;—l) (i ” 1)

ResuLts AND DiscussioN

The fuel included in the simulator were lignite,
bagasse, bark and sludge. The proximate and ultimate
analyses for each type of fuel are shown in Tables 2 and
3. The simulation results for both single fuel and mixed
fuel between lignite and biomass were investigated. In
case of mixed fuel, since there are a number of
combinations among fuel, the mixtures of bagasse,
bark and sludge were selected to demonstrate the model
prediction. The kinetic data for calculating the rates of
reactions in the RCSTR block are tabulated in Table 1.

The model was used to simulate the operation of a
CFBC that produced 110 tons per hour of steam at
510°C and 110 barg. The fuel to be considered were
both single and mixed fuel. In case of single fuel,
4 kg s'of lignite was fed into the combustor. In the

Table 2. Proximate analysis for each type of fuel.®

Proximate Lignite Bagasse Bark Sludge
analysis (Wt.%)
Moisture 19.86 35.49 39.66  65.42
Fixed carbon 34.85 7.71 9.09 2.9
Volatile matter ~ 34.84 55.23 48.85 13.18
Ash 10.45 1.57 2.4 18.5
Table 3. Ultimate analysis for each type of fuel.®
Ultimate Lignite Bagasse Bark Sludge
analysis (Wt.%)
Ash 13.04 2.44 2.82 18.50
Carbon 68.15 48.64 48.40 41.19
Hydrogen 5.09 5.87 6.72 5.40
Nitrogen 1.24 0.16 0.19 1.70
Sulfur 0.59 0.07 0.00 0.72
Oxygen 11.89 42.82 41.87 32.49

Table 4. The results of reactor data for 4.0 kg/s of lignite

Region Volume Height Residence time
(m?) (m) (s)
Lower 61.84 1.70 19009
Upperl 16.70 0.46 1601
Upper2 33.34 0.92 11000
Upper3 681.14 18.76 85544
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other case, the mixed fuel between lignite and biomass
were considered. Each simulation of the mixtures
decreased the lignite flow rate by 10 %. The flow rate
of biomass was increased for keeping the constant of
amount of carbon. The results of the simulation are
shown in Fig. 5 to 8.

Fig. 5 shows the combustion rates of lignite in mixed
fuel for each region in the CFBC, where there were
three kinds of mixed fuel and three compositions. All
simulation cases showed the same trend. The rates of
reactions decreased along the riser height. The reason
is that, in the lower region, the carbon concentration
was high due to the feed, while in the upper region there
was only residual carbon left from the lower region.
However in the upper region zone 1, the conversion
was closed to zero because of the shortest residence
time as shown in Table 4. The conversion in the upper
region zone 3 was higher than that in the upper region
zone 2, because the residence time in zone 3 was longer
than zone 2. Compared with the various ratios of lignite
and biomass, the reaction rates of lignite decreased
slightly when increased the flow rate of biomass. This
is due to the decrease in the concentration of lignite in

A

A ypper 1
M upper 3

O Lower
B upper 2

Rate of reaction * 102 (kmol /5)

4.0:0.0 3.6:0.6 3.2:1.1 2.8:1.7 2.4:2.2 2.0:2.8
Ratio of lignite :bagasse

@ upper 1 b
B Upper 3

O Lower
B upper 2

Rate of reaction* 10'2(kmoI/s]

4.0:0.0 3.6:0.6 3.2:1.1 2.8:1.7 2.4:2.3 2.0:2.8
Ratio of lignite:bark

2 upper 1 C
M Upper 3

O Lower
B upper 2

Rate of reaction * 102 (kmol /s)

4.0:0.0 3.6:0.7 3.2:1.3 2.8:2.1 2.4:2.7 2.0:3.3

Ratio of lignite:sludge

Fig. 5. Rates of the combustion of lignite in mixed fuel for
each region in the CFBC: (a) lignite&bagasse, (b)
lignite&bark, and (c) lignite&sludge.
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the mixed fuel.

Fig. 6 shows the combustion rates of biomass for
different types of materials in the mixed fuel. The
reaction rates increased with the increase in the fraction
in the fuel. For example, at the 2.0:2.8 of lignite and
bagasse ratio, the reaction rate increased to 3.87x%
10*kmol s orabout 5 times when compared with the
reaction rate at the lignite and bagasse ratio at 3.6:0.6.
Thisis due to the higher concentration of carbon from
the biomass. The rates decreased rapidly at high
position in the riser since most of the biomass was
burnt in the lower region. The reaction rates in the
upper region were close to zero. The example for
reaction rate of bagasse at 0.6 kmol s was shown in
Table 5.

z5 a
-g O Lower A ypper 1
< 44 B upper 2 H ypper 3
o
IQ
© 31
[ =4
o
B 2 1
8
S 1
o
g, |l

0 T

3.6:0.6 3.2:1.1 2.8:1.7 2.4:2.2 2.0:2.8

Ratio of lignite :bagasse

5 b
° O Lower A upper 1
E 4 4 B upper 2 M Upper 3
‘\"o
T 31
c
o
S 2
8
S 14 H
[
gol
3.6:0.6 3.2:1.1 2.8:1.7 2.4:2.3 2.0:2.8

Ratio of lignite :bark

C
25
S O Lower A upper 1
£4 @ Upper 2 M Upper 3
o
o
34
c
o
g2
14
51 H
[0}
g, |l
©0 T

3.6:0.7 3.2:1.3 2.8:2.0 2.4:2.7

Ratio of lignite:sludge

2.0:3.3

Fig. 6. Rates of the combustion of biomass in mixed fuel for
each region in the CFBC: (a) lignite&bagasse, (b)
lignite&bark, and (c) lignite&sludge.
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Fig. 7 shows the compositions of gas emission when
different types of mixed fuel were used. All the
simulation cases show the same patterns of responses.
Forexample, Table 6 shows the emissions gas from the
lignite and bagasse combustion. The results show that
the amount of N O was small, which is in agreement
with literatures*?, while the amount of NO was high
when the amount of biomass was increased. This result
doesnotagree with that of Liuet al.'*. Thisis due to the
fact that rate of NO formation in this simulation, equation
(20), depended the oxygen concentration only. Then
the amount of nitrogen does not affect the NO
conversion. However, the amount of CO decreased
because of the complete combustion with higher oxygen
concentration when the biomass was increased. Finally,

100 —— NO2(%) m N2 5%1 ——g 10000
u CO (%) 0CO2 (%)
— S H20(%) 2502 <
£ 80— ©NO(mEM) O N20 (ppm) —| 8000 §
% 60 6000 8
2 0
b 2
S 4000 ‘5
g 20 2000 g
o Lll[B BB JIEJAE JVE
4.0:00 3.6:0.6 3.2:1.1 2.81.7 24:2.2 2.0:2.8
Ratio of lignite:bagasse
b
100 — NO2 (%) T N2 (%) —— 10000
5 E 3000 0505 (bpim) £
Q o] m
L 80— @No (r(mm O N20 (%%m) ——— 8000 &
S bt
2 60 L 6000 &
= o
- ]
° -
z 40 | 4000 5
c
o
E 20 | 2000 g
0 . . . +o
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Ratio of lignite:bark
100 —— m~oO2 (%) m N2 gol — 10000
8 ﬁzoo((o/?)) = ggz ([ - ) 3
= %, PpmM
® 80 {1——— ©@No(ppm) © N20 (ppm) —— 8000 §
% 60 | 6000 &
3 o
= 2
5 40 | 4000 %5
5 €
o 3
E 20 | 2000 g
0 El o

4.0:0.0 3.6:0.7 3.2:1.3 2.8:2.1 2.4:2.7 2.0:3.3
Ratio of lignite:sludge
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lignite&sludge.



ScienceAsia 30 (2004)

the results also showed that the amount of SO, was
small

The Prediction of Size Distribution

The example was to demonstrate the size
distribution predictionsin each region of the riser. The
particle sizes of biomass and lignite were divided into
2 and 3 subintervals, respectively. The case shown here
was the combustion of single fuel, lignite. The initial
radius and weight fraction of lignite are shown in
Table 7. The predictions of the size distribution and the
weight fraction in each region are shown in Table 8.

Inthe lower region, where the combustion occurred,
most of the smallest particles were burnt. Therefore, its
weight fraction almost disappeared. However, the radii
of particles did not decrease because the mean
residence time was higher than the time to complete
conversion. Thus, the algorithm program kept the initial
radius for the unconverted particles. For the second
interval, weight fraction reduced from 0.52 to 0.16,

Table 5. Rate of combustion of bagasse at ratio 3.6:0.6

Region Rate of combustion (kmol/s)
Lower 7.71 x 107
Upper 1 2.65 x 10”
Upper 2 1.66 x 10°®
Upper 3 2.61 x 10!

Table 6. The emissions of lignite and bagasse combustion.

Ratio of lignite and Amount of gas emission

bagasse
(%) (ppm)

0, CO CO, SO, NO N0
4.0:0.0 242 0.81 13.97 120 1 16
3.6:0.6 2,51 0.59 14.10 101 22 18
3.2:1.1 259 0.34 1426 83 33 18
2.8:1.7 2.69 0.12 1438 65 41 17
2422 2.78 0.01 14.41 51 915 17
2.0:2.8 2.85 0.01 14.31 87 3197 17

Table 7. Initial radius and weight fraction of lignite.

No. Interval size Mean initial radius Weight fraction

(m) (m)
1 0-0.001 0.0005 0.08
2 0.001-0.04 0.0205 0.52
3 0.04-0.075 0.0575 0.40
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while that for the third interval increased. This was due
to the lowerregion having small volume, which implied
the short residence time. Thus, only the small particles
would be burnt completely. The mass of the larger
particles reduced more slowly, causing high weight
fractionin thisinterval. Nevertheless, the combustion
in this region caused the mean particle size in the third-
interval to reduce to 0.0552 m.

The upper region was divided into three regions.
The weight fraction of the second-interval particles
increased in the first upper regions. The reason is that
the large particles had time to reduce their sizes into
the second-interval particles.

Since the second and third upper regions had large
volume, their residence times would be long. Therefore,
most of the small and medium particles were burnt in
the regions. Thus, the particles left in these regions
were the particles falling in the third-interval size. This
observation was noticed with high weight fraction in
this interval and the mean particle size was reduced to
0.0524 m as shown in Table 8.

CONCLUSIONS

This paper proposed a model for simulating the
CFBCusingsingle or mixed fuel. The majorimprovement
from the previous model was the consideration of solid
fuel-size change during the combustion. The shrinking
coremodel was included in the simulation to calculate
the size distribution and weight fractions in each region
of theriser. The modification reflected the phenomena
in the riser better than the previous model did.
Moreover, the details of emission models were added
in the simulation to predict the formation of NO, N O,
and SO,. For different biomass fractions in the fuel, the
simulation output demonstrated the trend of gas
emission, which can be used for environment
protection consideration. Although the results from
the simulation were not yet validated with the
experimental data, the trends of the solution seemed
to be reasonable.
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